reversed by supplying heat to the system to approximately 70°C and higher temepratures. CO,
regeneration at 120°C requires a heat load of 165 kJ per mole of CO, (Yeh et al., 2001). Up to 80
% of the total cost of absorption/desorption can be attributed to the regeneration process even

with effective integration of waste heat (Yeh et al., 2001).

RNHCO," + RNH,"

In\m/ Carbamate

2RNH, + CO, H,0 2RNH,” +C€0,”

Carbonate
\ pH

RNH, + HCO, + RNH,

Bicarbonate

Figure 2-4 MEA-CO, chemistry illustration (Wallace, 2006), RNH, stands for an amine, where
R=CH,CH,OH represents MEA

Besides the heavy energy consumption of this process, there are operational issues that
arise from using MEA for CO, capture. Corrosion of the equipment, oxidative as well as thermal
degradation of the solvent represent the major problems (Davis, 2009; Freeman et al., 2010;
Kittel et al., 2009). MEA exposed to free O, in flue gas streams can react to form corrosive
degradation products (Kittel et al., 2009). Inhibitors are often used with MEA to improve solvent

performance and stability (Goff & Rochelle, 2006).

Selected physical properties of MEA are summarized and compared with water in Table

2-2.
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Table 2-2 selected properties of MEA and water (Wallace, 2006)

Property MEA Water Unit
Molecular Formula C,H;NO H,O N/A
Molecular Weight 61.08 18.02 g/mol

pH 12.5 7 N/A
Density 1012 1000 kg/m®
Boiling Point 171 100 °C (latm)
Melting Point 10.5 0 °C (1 atm)
Specific Heat 3200 4182 J/kg.K (25°C)
Thermal Conductivity 0.299 0.598 W/mK (25°C)
Absolute Viscosity 0.021 0.001 Pa.s (25°C)
Surface Tension 0.048 0.073 N/m (25°C)
Vapor Pressure 0.05 2.3 kPa (25°C)
Vapor Pressure 10 (110°C) | 101.3(100°C) kPa

2.5. Membrane Contactors Overview

2.5.1. Background

Membrane technology is a rapidly developing field for both research and industrial
applications. It has been successfully applied in several large-scale industrial fields such as gas
purification and water filtration. Some reliable and selective polymeric membranes have been
developed for a number of applications. In these processes, separation selectivity is provided by
the membrane based on differences in solubility, diffusivity, and/or the size of the molecules to

be separated.

The driving force for membrane separation is given by differences in partial pressures of
the components on the retentate and the permeate sides of the membrane. This may be achieved

by a difference in total pressure or by making use of a sweep gas on the permeate side. If the
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permeate is a desired product, a vacuum is usually employed to capture the separated component
in highly concentrated form. This will likely be the case in large scale CO; capture from flue gas,

where the CO; is subsequently compressed to the sequestration injection pressure.

The primary advantage that membranes have over other vapor-liquid mass transfer
processes is significantly higher interfacial contact area, which potentially could result in a
significant reduction in the size of the necessary process equipment. Also, because issues such as
flooding and weeping can limit the operational range of a column, membranes have the potential
for more robust, lower maintenance operation with fouling and material service life being the

most significant factors mitigating these advantages.

The use of membrane systems to strip gases from liquids has been studied for many years
and is sometimes referred to as membrane distillation, a term which recognizes the fact that mass
transfer is occurring between liquid and gas phases. Previous development of membrane
stripping systems has focused on the removal of ammonia and volatile organic compounds from
wastewater (Ding, Liu, Li, Ma, & Yang, 2006). Membranes for gas and liquid separations are
typically composite or asymmetric with a thin polymeric selective layer and operate on a
solution-diffusion mechanism. On the other hand, membrane contactors consist of a thin porous
structure without a selective layer may provide even better performance in that CO, permeation
flux can be more substantial than composite structures. They are used to provide a gas liquid
interface and rely on surface tension to reduce the ability of the liquid to pass through the pores.
Ideally, only gas phase is able to pass through these porous membranes. For the removal of gases
from non-volatile liquid solvents, porous membrane contactors represent a promising

opportunity for improved efficiency.
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2.5.2. Advantages of Membranes
Membrane contactors have many advantages over conventional column contactors. They

include:

Operational flexibility

The membrane contactors provide easier and simpler operation as there are no moving
parts involved. It avoided the operating issues such as flooding, foaming. It separate two phases

at retentate side and permeate side, thus allowing for independent manipulation of their flow.

Large surface to volume ratio

The manufacture of membranes is capable of dense packing of hollow fibers or spiral

wound, resulting in large packing densities and much higher surface to volume ratio.

Economic benefits

Polymeric materials are usually lighter and less expensive than structural and specialty
stainless steels. Capital cost can be significantly reduced and installation is much easier.
Membrane contactors are considered to be more energy efficient because of their reduced solvent

volume as well as solvent loss.

Easy scale-up and down

Membranes are largely produced as modular components of nominal size, the scale-up
and down of membrane processes should be relatively easy. This is a desirable and convenient

feature when feedstock and upstream processes are subject to change.
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Easier design and prediction

Membrane contactors provided separately operation of different phases and avoided
issues pertaining to entrainment, flooding, channeling and foaming. Thus the systems are more
easily to be designed and modeled. The known interfacial area of membranes also made the

prediction of mass transfer rate easier.

Reduced solvent loss

Solvent cost and operational workload can be significantly reduced due to high packing
densities and system simplicity that membrane contactors provided. Solvent loss, contamination
and degradation problems can be lessened, which is especially favorable for expensive, corrosive

or toxic solvents.

2.5.3. Disadvantages of Membranes

On the other hand, membrane contactors also have drawbacks. They include:

Slow mass transfer rate

The membrane is a mass transfer barrier itself causing the resistance of the system. The
resistance can be reduced by choosing appropriate pore size and thinner layers, but it is an
intrinsic drawback that the membrane process provides relatively slower mass transfer rates

compared with traditional columns.
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Fouling

Fouling products can be formed through the solvent degradation, precipitation or
impurities to the system. Aggregation of fouling products on the membrane surface may block
the membrane pores, increase membrane resistance thus deteriorate permeation flux and

performance.

Membrane reliability

Membranes are susceptible to degradation and wetting over extended periods of service
under the exposure to the solvent, especially chemical progressive ones. This contributes to
additional cost associated with membrane replacement. For some membranes, an additional

membrane cleaning process is employed to reuse the membranes.

2.5.4. Membrane Technology in CO, Regeneration

Unlike the large volume of literature of using membrane contactors for CO, capture
(Aaron & Tsouris, 2005; Carapellucci & Milazzo, 2003; Li & Chen, 2005), the use of
membranes for the regeneration of CO, solvents has been studied by only a handful of
researchers. Most notably, Kosaraju and others (Kosaraju, Kovvali, Korikov, & Sirkar, 2005)
studied an absorption-stripping scheme, which consisted of both absorber and stripper hollow
fiber membranes. In this project, an aqueous amine solution was circulated from the tube side of
the absorber module to the tube side of the stripper module. Feed and sweep gases were
circulated through the shell side of the absorber and stripper modules, respectively. In this

system, CO, was successfully removed from the amine in the stripper membrane module without
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heating, though the authors concluded that more contact area was needed in the stripper than in

the absorber.

Koonaphapdeelert et al. (Koonaphapdeelert, Wu, & Li, 2009) have introduced ceramic
hollow fiber membrane contactors for CO, stripping application with high temperature stability.
But on the other hand, ceramic hollow fiber membrane contactor is usually harder and more
expensive to manufacture. It also has the drawback of limited surface to volume ratio compared

with polymeric membranes.

Khaisri et al. (Khaisri, deMontigny, Tontiwachwuthikul, & Jiraratananon, 2011) used
PTFE hollow fiber membranes for this process and studied the gas and liquid velocity,
temperature and feed solution concentration effects on desorption flux. Mass transfer co-
efficients of liquid, membrane and gas were calculated. Severe membrane pore wetting in the

long term was reported but detailed characterization about membrane wetting was not provided.

Naim et al. (Naim, Ismail, & Mansourizadeh, 2012) fabricated microporous PVDF
hollow fiber membranes for CO, stripping from preloaded aqueous DEA solutions. Membranes
were characterized; optimal operation conditions were explored and highest flux and stripping

efficiency achieved in the experiments were reported.

Simioni et al. (Simioni, Kentish, & Stevens, 2011) successfully used two types of
polymeric flat sheet microporous membranes, PTFE and PES with a hydrophobic coating, to
strip CO, from 30 wt% potassium carbonate solvent. It was found that the PTFE membranes

were not sustained at high temperatures, whereas PES with hydrophobic coating performed
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better and survived all the temperatures. The possible reason was attributed to pore wetting

caused by solvent intrusion to the membrane.

All the results from previous work were in early proof of concept stage, they indicate that
the removal of CO, from chemical solvents using membranes may be a feasible approach,
however numerous questions remain. The rate of mass transfer from the solvent to the membrane
is not known for any of the systems of interest here, and in the case of chemical solvents, it is
complicated by the reaction. Understanding this mechanism is critical to determine the necessary
amount of membrane area for stripping. Further, the required magnitude of the driving force
across the membrane and the optimum conditions on the permeate side of the module are not

known.

2.6. Membrane Materials Selection
Membrane regeneration of CO, from alkali solvents has a lot similarity with Membrane
distillation (MD). The materials selection criteria of CO, regeneration could thus employ many
principles developed in MD. However, CO, regeneration process is operated at elevated
temperatures, which requires much higher chemical and mechanical criteria than MD and limits

membrane selection.

Selection criteria suitable for MD processes were proposed by several researchers
(Adnan, Hoang, Wang, & Xie, 2012; Khayet, 2011; Zhang et al., 2010). Based on those criteria,

the following conditions were proposed as membrane selection preferences for CO, regeneration:
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Membrane surface is preferred to be highly hydrophobic. It could be asymmetric
membranes with one layer or multilayer of the membrane surface; or symmetric
membranes made of materials with low surface energy.

Porous membranes are preferred to minimize mass transfer resistance of
membranes and ensure high mass transfer flux. Composite membrane with a
selective layer is a good choice as well because it can provide better selectivity
and make membranes highly resistant to fouling and wetting. However, mass
transfer flux may be reduced due to the much larger mass transfer resistance of
composite membrane than porous membranes.

Membranes should be chemically stable and inert to the process liquid. Membrane
materials are preferred to be non-reactive and non-soluble to the process liquids.
It should not change the gas-liquid equilibrium of the process liquids. This also
makes membrane highly resistant to fouling and wetting and prevents process
liquid from degradation.

Membranes should be mechanically strong enough to withstand trans-membrane
pressure and elevated temperature. It also should has good thermal stability and
reliability to ensure long term use.

Membranes should have high permeability to CO, gas to ensure high mass
transfer flux.

Membranes with low thermal conductivity are preferred so that convective heat
loss can be minimized.

Membrane with low thickness is preferred to maximize mass transfer.
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8. Membranes with small tortuosity factor (defined as the straightness of the pores)

are preferred.

Polymer materials usually are in the forms of completely amorphous or semi-crystalline.
Normally, glassy polymers that are hard and rigid will be softened when the temperature exceeds
their glass transition temperature (Tg). Beyond T4, the polymer’s physical strength will be
significantly changed. Usually, it becomes soft and flexible and shows properties of either an
elastomer or a viscous liquid. The elastic modulus of the material can be significantly reduced
and the polymer shows little crystallinity or becomes totally amorphous when temperature goes
above Ty For these reasons mentioned above, Ty is a primary consideration when selecting
membrane materials for mechanical strength. In addition, the melting temperature (Tr,) should
also be considered, especially for semi-crystalline polymers because the polymer undergoes a
phase change and molts when the temperature is above Tr,. Based on above criteria, a number of

membrane material candidates from literature were compared and listed in Appendix B.

2.7. Membrane Materials Characterization Methods
Traditional materials characterization techniques can also be used in characterization of
membranes. In our study, differential scanning calorimetry (DSC), fourier transform infrared
spectroscopy (FTIR), UV-vis spectroscopy, scanning electron microscope (SEM) were employed

for membrane characterization.

2.7.1. Differential Scanning Calorimetry (DSC)
Differential scanning calorimetry (DSC) is a powerful thermo-analytical tool to
determine the thermal properties of polymers. It measures the heat flow rate between a sample
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and an inert reference as a function of time and temperature. For amorphous glass state
polymers, the molecular chains begin to move and reach a rubbery state when the temperature
goes beyond T4. When temperature continues rising to a point where the polymer molecules
begin to flow, this temperature is called the viscous flow temperature (T). The range between T
and T is known as the rubbery state of polymer. All these changes can be characterized by DSC
and expressed by the thermal-mechanical curve of a polymer. Some semi-crystalline polymers
exhibit both crystalline and amorphous behavior, such as PE, PP, and PTFE. DSC can
characterize both Ty of amorphous behavior and T, of the crystalline behavior. A typical DSC

curve for semi-crystalline polymer sample is shown in Figure 2-5.
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Figure 2-5 Typical DSC curve of semi-crystalline polymer

2.7.2. Fourier Transform Infrared Spectroscopy (FTIR)

FTIR analysis is employed in this study for qualitative analysis of membrane materials.
Usually, vibrations of chemical bonds that change the dipole moment of the molecules are
sensitive to the light wavelength of Infrared (IR) region. In IR spectroscopy, the light (photon)
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with certain wavelength corresponding to the energy difference between atomic levels of the
sample molecules is absorbed. Different functional groups have their unique characteristic
absorption energy bands, from which the identification of molecules can be recognized. The
position of a certain absorption band is specified by its wavenumber (v), which is defined as the
inverse of the wavelength and is preferred to be used because it is in linear relationship with
photon energy (shown in Equation 2-1).

1
v(m™) =5 (cm)

Equation 2-1

FTIR can also be used in quantitative analysis with relevant standards by applying the
Beer-Lambert Law. Figure 2-6 shows a typical setup for absorption technique. When radiation
beam passing through a sample, the incoming intensity of the beam is denoted by I, and the
outgoing intensity is denoted as I. If the radiant beam is assumed to be monochromatic, the Beer-

Lambert law can be written as:

Equation 2-2
Where A is the absorbance, c is the concentration of absorbing species, [ is the light path length,
and a the absorption coefficient or the molar absorptivity of the absorber. This Beer-Lambert law
is the principle behind the use of non-dispersive infrared (NDIR) CO, analyzer as well. When [
and a is fixed, the absorbance is proportional to the concentration of CO; in the optical bench

(Section 3.2.2).
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Figure 2-6 Typical experimental direct absorption setup.

2.7.3. Membrane Porosity, Tortuosity and Pore Size

Methods to determine membrane pore size include mercury porosimetry, scanning
electron microscopy, bubble point method and so on. These methods were outlined and reviewed
in many literatures (Nakao, 1994; Zhao, Zhou, & Yue, 2000). In our study, nominal pore size of
membranes was provided by the manufacturer and verified by scanning electron microscope

(SEM).

The porosity of the membrane is defined as the ratio of the volume of the pores and the
total membrane volume. And tortuosity is a factor to characterize how the molecules travel
through the pores (straight or twisted path). These two factors are important parameters when
studying the mass transfer of the membrane process. They were calculated in our study using
Equation 2-3, which was originally developed by Mackie et al.(Mackie & Meares, 1955). Their
study reported that membrane tortuosity and porosity were directly related to the volume fraction
of the polymer. This equation applies to most polymers in membrane manufacturing that are
made by phase inversion techniques, such as PP, PES, and nylon, whose topographical structures

are modeled as closely packed spheres (Simioni et al., 2011).
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T A+V)? (2-¢)?

e (1-V)2 g2

Equation 2-3
Where V, 1 and ¢ are the polymer volume fraction, membrane tortuosity and porosity,

respectively.

Materials such as PTFE membranes are typically stretched to form their porous structure
and as a consequence have pores that are elongated. Equation 2-4 should be used instead to
estimate the membrane tortuosity from porosity because it is better modeled as loosely packed

spheres (Simioni et al., 2011).

M| =

Equation 2-4

2.8. Mass Transfer Model
Mass transfer coefficient is an important coefficient used in predicting mass transfer flux.
It is also important in evaluating and describing membrane contactor designs. The factors that
affect mass transfer coefficient can be used to find the optimal operating configurations and
conditions, especially for the design of industrial scale contactors. The overall mass transfer
coefficient is a lumped parameter where the effects of the hydrodynamics of the gas and liquid

phases, the chemical reaction and the presence of the membrane are combined (Hoff, 2003).

The mass transfer of CO, through this flat sheet membrane process can be described by

the film model (Chen, Lin, Chien, & Hsu, 2010). The overall mass transfer resistance can be
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divided into three parts: the liquid film resistance, the membrane resistance and the gas film

resistance in series. It is also known as the resistance in series model.

The overall resistance and three resistance parts can be expressed as Equation 2-5 (Chen

et al., 2010; Hoff, 2003; Khaisri et al., 2011):

1 H 1 1

-t
Kor Ekp  ky  Kg

Equation 2-5
Where Ko is the overall mass transfer coefficient, k., km, and kg are the liquid, membrane, and
gas mass transfer coefficients. H is dimensionless Henry’s constant. E is the dimensionless

enhancement factor which is included to account for the effect of the reaction.

The individual mass transfer coefficients can be described using the correlation of a form

as:
Sh o Re®Sch f(geometry)

Equation 2-6

Where Sh, Re and Sc are the Sherwood number, the Reynolds number and the Schmidt number,

respectively, and f is a function of geometry. The exponents , £, and the function f must be

determined from mass transfer experiments or models. A review (Stanojevi, Lazarevi, & Radi,

2003) was given on the correlations developed for different membrane module configurations
and modes of operation.

The liquid mass transfer coefficient takes the correlation form as the following equation

known as Leveque’s correlation (Chen et al., 2010):
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Equation 2-7

where d;, is the hydraulic diameter of the module (cm) or the thickness of the liquid film formed

in the module in this study, v, is the velocity of liquid phase (cm-s?), and L (cm) is the

membrane length which is equal to d, for round membrane, and D, is the diffusivity of CO; in

liquid phase (cm?-s™%)

The gas mass transfer coefficients can be described as following equation (Chen et al.,
2010):
_ kgdy

dnpvg Hg
Sh = = 0.023 08 033
D¢ ( Hg ) (DGP)

Equation 2-8
where Dg is the diffusivity of CO, in the gas phase (cm®s™), v is the velocity of gas phase

(cm-s™), pe is the viscosity of gas (Pa-s), p is the density of gas phase (g-cm™)

The membrane mass transfer coefficient is predicted by equation as shown below

(Khaisri et al., 2011):

Equation 2-9
where ¢ is the porosity of the membrane, t is the fiber tortuosity, and & is the thickness of the
membrane. D is the effective of diffusivity (cm?-s™), which can be defined by equation as
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shown below:

Equation 2-10
where Dy is the diffusivity of CO, in the gas phase, D is the Knudsen diffusivity of CO, (cm?s

by,

The calculation equations and steps of membrane mass transfer coefficient (ku), gas
phase mass transfer coefficient (kg), and liquid phase mass transfer coefficient (k_) followed the

calculation methods developed by Khaisri et al. (Khaisri et al., 2011).

The enhancement factor characterizes the relation between the chemical and the physical
absorption flux at the same driving force (Hoff, 2003) . It may be considered as a correction to
the liquid side mass transfer coefficient due to the chemical reaction occurring in the
concentration boundary layer (Hoff, 2003). The enhancement factor can be calculated by

Equation 2-11 (Chen et al., 2010):

Jk:CoDy,

ky,

Equation 2-11
where k; is the second-order reaction constant, Cy, is the bulk concentration of active components,
D. is the CO,, diffusivity coefficient in liquid phase, and ki is the liquid mass transfer coefficient.
Different calculation approach of E is also provided (Khaisri et al., 2011). Detailed calculation of

kwm, Ke, ki, H and E are shown in Appendix C.
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3. EXPERIMENTAL SYSTEM DESIGN, CONSTRUCTION,
AND VALIDATION

This chapter introduces the experimental system for CO, absorption and solvent stripping
by membrane contactors. Detailed design and construction concerns about the system were
presented, including all the meticulous considerations, such as material compatibility, heating
and cooling configuration selection and the design rules we used. Analytical methods of CO; in
both gas and liquid phases were discussed. System validation results were shown. Experiment

results were presented to verify whether the system was capable of absorbing and stripping CO,.

3.1. System Overview

Typical CO, absorption/stripping system involves these major parts: A CO, absorption
column to absorb CO, from flue gas; a circulating pump between the absorber and stripper; a
stripper column, usually packed or trayed column, to provide contact interface for gas liquid
separation; a reboiler to provide heat duty to evaporate the solvent; and finally an heat exchanger
between absorber (at around 40°C) and stripper (at around 120°C) so that the temperature swing
of the lean and rich CO; solvent can actually happen. Our lab-scale system (Figure 3-1) has the
similar function parts as mentioned above, with the stripping column replaced by a membrane

contactor.
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Figure 3-1 Schematic of the membrane evaluation system

This CO, evaluation system consists of a CO, absorption tank, a feed delivery pump, an
inline heating system and a membrane separation unit that houses a polymeric membrane. N,
sweep gas is used for permeate removal. CO, is pre-loaded to the solvent by mass flow
controlled (Brooks 9400) flow from gas cylinder (Praxiar) till saturated. In stripping process,
CO, saturated solution is pumped from the solvent tank to a heater to achieve a desired
temperature and then delivered to the membrane cell for separation and the stripped retentate
solutions flows back to the tank. This small amount of retentate lean solution is diluted by the
large volume solution in the tank in terms of both temperature and CO, saturation level.
Meanwhile, cooling water circulating through cooling coils in the tank takes away accumulated
heat and maintained low temperature in the absorption tank constantly. A schematic of the
system is shown in Figure 3-1 and a picture of the actual system is shown in Figure 3-2.Detailed

equipment list is in Appendix A.
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Figure 3-2 Actual view of the membrane evaluation system

3.1.1. Absorption/Feed Tank

CO, absorption takes place in a 6-liter solvent tank that was custom-made at the
University of North Dakota Chemical Engineering Department workshop using a 6-inch inner
diameter PVC pipe. This tank is equipped with in-house made heat exchange coils to maintain
constant absorption solution temperature and a gas spurge to diffuse and saturate CO, into the
absorption solution. A pressure relief valve and a thermocouple are mounted on the lid, which

prevents pressure buildup and reduces solvent evaporation.

The material selection for solvent tank requires additional consideration. Chemical
solvent, such as MEA, has high alkalinity, and increasingly becomes corrosive at high
temperatures, can potentially cause failure through corrosion and degradation of the tank

materials. Common materials such as stainless steel, cast iron and PTFE, have good long-term
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compatibility with MEA performance included (Wallace, 2006), but generally are more
expensive or/and harder to be processed. So PVC pipe is chosen as tank building materials
because it is a common building material with easy availability and inexpensive cost. Although
PVC becomes brittle with MEA at elevated temperatures, it is employed here because CO;

absorption usually happens at relatively lower temperature (<40°C).

This absorption tank was equipped with an in-house made CO, gas disperser, a
cooling/heating coil, and a K type thermocouple for monitoring temperature. Professional grade
gas spurger or dispenser would be a better option on mass transfer performance, but probably
would not make a significant improvement due to the fast reaction kinetics of CO, and MEA.
The circulation pump may also generate some turbulence and enhance the contact area of CO;

and solvent.

Tap water was circulated through the cooling coil to take away extra heat and maintain
constant tank temperature. The flow in the tube was concluded to be laminar flow due to its low
Reynolds number. The necessary length of the cooling coil was estimated by the heat transfer

Equation 3-1 for a heat exchanger (Mccabe, Smith, & Harriott, 2005):

Q =h-27-r-L (Tsurr _Tout) — (rsurr _Tin)
Tsurr — Tout
In| Surout
Tsurr - Tin
Equation 3-1

Where Q = the amount of heat that is transferred; h = the average heat-transfer coefficient based

on entire pipe surface; r = the outer radius of the tubing; L = the length of the tubing; T, = the
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surrounding temperature; T, = the temperature of the outgoing stream from the tubing; and Ti, =
the temperature of the ingoing stream.
The heat transfer amount Q that should be cooled is equal to the heat that the circulating

hot MEA solution brings to the absorption tank. It can be calculated using Equation 3-2.

Q=11Cy g * (T ~Ti)

p,solution out

Equation 3-2

Nusselt number (Nu) is estimated using empirical Equation 3-3 because the heat transfer

is similar with natural convection current surrounding a hot, horizontal pipe (Mccabe et al.,
2005). The heat transfer coefficient can then be calculated by the correlation of Nusselt number,
diameter and thermal conductivity. Dimensionless Grashof number (Gr) is calculated by
Equation 3-4 and Prandtl number (Pr) is calculated by Equation 3-5. These equations show that h
depends on pipe diameter, thermal conductivity, specific heat, and viscosity, coefficient of

thermal expansion, density and temperature difference.

Nu = % = 0.53(Gr x Pr)?®

f
Equation 3-3

D;p1 By AT,
2

Hy

Gr =

Equation 3-4
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pr = Sk
k

Equation 3-5

Where h = average heat-transfer coefficient based on entire pipe surface; D, = the outside pipe

diameter; k¢ = the thermal conductivity of fluid; c, = specific heat of fluid at constant pressure; ps

= density of fluid; p = coefficient of thermal expansion of fluid; g = acceleration of gravity; A

To=average difference in temperature between outside of pipe and fluid distant from wall; and

Me=viscosity of fluid..

Based on our lab experimental setup, the fluid properties ys, pr and ks were evaluated at
mean film temperature. The coefficient of thermal expansion § was assumed constant over the

temperature range and calculated by Equation 3-6:

_(vlaT), _(avIAT) _ pi-p,
_l_
! v ATR )

Equation 3-6
Where v = specific volume of fluid and (6v/dT), = rate of change of specific volume with

temperature at constant pressure.

The values of Table 3-1 were used to estimate the dimensionless numbers (Nu, Gr, Pr)
and heat transfer coefficient h. The Nusselt number is the ratio of convective to conductive heat
transfer across the thermal boundary. Its value was 4.5 for this experimental setup, which is
typical for a system in laminar flow. The estimated heat transfer coefficient h was 427 W/m?K.
This value is in agreement with an example empirical h value of shell and tube exchanger which

used an organic solvent as the hot fluid and water as the cold fluid (Mccabe et al., 2005).
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Table 3-1 Values used to estimate the tubing length

Parameter Unit Value
Tourr °C 40
Tout water °C 30
Tin, water °C 20
Tout, MEA solution °C 70
Tin, MEA solution °C 40
Ks Wim.K 0.598
Cp, water J/kg.K 4180
Cp, MEA J/kg.K 2780
Cp, solution J/kg.K 3970*
pt kg/m® 1000
Mwater, 20°C MPa.S 1002
Do m 6.35x10°
M MEA solution kals 3x103
B N/A 3x10™
Pr N/A 7.0
Gr N/A 769
Nu N/A 4.54
h W/m*.K 427
*MEA solution was made with 15% of MEA and 85% of
water, Cpsolution = 0.15 x 2780 + 0.85 x 4180 = 3970 J/kg.K.

With the values provided in Table 3-1, assume pump circulating MEA solution at the
flow rate of 180 mL/min, the total tubing length needed for the cooling helixes was calculated to

be approximately 2.9 m.
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3.1.2. Membrane Unit

Membrane contactor is the core component that provides surface area for separation. A
membrane unit (Millipore XX4404700) that holds a 47 mm diameter circular membrane was
selected to test the conceptual technical feasibility and screen membrane materials. This
membrane unit was designed to filtrate gases or liquids at inlet pressures up to 275 psi. The inner
membrane cell dimension is 7.6 cm in diameter and 2.7 cm in height. It is sealed by a silicone O-

ring as shown in Figure 3-3.

>
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Figure 3-3 Original configuration of the membrane holder (bottom plated was modified with
inlet and outlet) Hex-cap Screw; 2. Top Plate; 3. Back-pressure Screen; 4. O-ring; 5.
Support Screen; 6. Under drain Screen; 7. Bottom Plate; 8. Pipe Plug.
The major advantage of this membrane unit is that it is a standardized lab scale unit and

field tested by manufacturer. Many types of polymeric membranes with 47 mm diameter that fit

this unit are commercially available. This membrane unit is well suited for the early stage
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For better understanding the flow pattern and flow velocity distribution across the
membrane, 2-Dimensional membrane geometry was created using Gambit, and the flow path
lines and velocity distribution was analyzed by Computational Fluid Dynamics software (Fluent).
The results showed that the Reynolds number across membrane was in the laminar flow region.
And it can also be seen from the flow pattern (Figure 5-14) that there exists dead flow region and

the effective membrane surface area is smaller than the actual membrane surface area.

Figure 5-14 Flow path lines and flow velocity distribution across the membrane surface

Turbulence within a membrane unit is desirable for better mass transfer. And it also helps
minimize the effects of fouling and concentration polarization in the boundary layer. Changes in
the diameter of the pipe or tube, such as flow distributor for the membrane unit, can cause
changes in the critical Reynolds number (usually Re = 2100). If a pipe converges, the critical
Reynolds number required to achieve turbulence is higher. Whereas flow divergence as seen in

our membrane unit, flow distributor produces a lower value for Newtonian fluids (Buckley-
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Smith, 2006). The divergence occurring at the flow distributor increases the likelihood that feed

flowing through the membrane unit will in fact be turbulent (Buckley-Smith, 2006).

Reynolds number is also a measure of mixing intensity of the phases in the flow. Better
mixing can be achieved by operating at higher flow rates or by using mesh spacers or complex
channels to induce turbulent flow (Cath, Adams, & Childress, 2004). For the similar application
of direct contact membrane distillation, most studies showed positive dependence of flux on feed
flow rate and the module operated at higher Reynolds numbers produced higher fluxes (Cath et
al., 2004). But for our CO, recovery application, the impact of high Reynolds number is more
complex. If high Reynolds number is achieved by higher flow rate, that gives lower surface to
flow volume ratio and thus lower regeneration efficiency and more energy consumption. If high
Reynolds number is achieved by mesh spacers or complex channels, the pressure and
temperature would be hard to be maintained along the channels, which also causes additional
mass transfer resistance and possibly reduces the effective surface area. In simple words, the
improved mass transfer performance could be compromised by the reduced effective surface area
and area-to-volume ratio. Therefore, an optimization study must be carried out in designing the

membrane dimensions and configurations.

5.9. Temperature Polarization Effects
Heat in the membrane unit is transported and dissipated through several major routes.
First route is the transport of the latent heat of evaporation across the membrane; second route is
the reaction heat that strips the CO, by driving the CO,/MEA reaction in the reverse way; third

route can be the convective heat loss through the membrane together with other conductive heat
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losses, which cause energy inefficiency. Table 5-2 listed the surface energy and thermal

conductivity for some hydrophobic membranes.

Table 5-2 Reported surface energy and thermal conductivity of hydrophobic membrane materials
(Zhang, 2011).

Membrane material | Surface energy | Thermal conductivity
( x 10 N/m) (W.m*.K"
PTFE 9.1 0.25
PP 30.0 0.17
PVDF 30.3 0.19

And the temperature polarization coefficient (TPC) used in membrane distillation, which
is the ratio of useful energy for mass transfer of vapors to the total energy invested in the process,
was employed in our study as an indicator to characterize the heat efficiency of our process. TPC

is defined as (Lawson & Lloyd, 1997):

TPC =~ ™2
Tr=Tp

Equation 5-7
Where T is the interfacial feed temperature, T, is the interfacial permeate temperature, Ty is
the bulk feed temperature, and T, is the bulk permeate temperature. A schematic drawing of

temperature polarization effect is shown in Figure 5-15.

107



Figure 5-15 Temperature polarization effect

All these four temperature readings were monitored by thermocouples installed in the
system (Figure 3-1) and recorded. Figure 5-15 and Figure 5-17 showed that TPC increases at
higher temperatures, which agrees with our previous findings that the elevated temperature
significantly improves gas and liquid vapor flux to permeate through the membrane pores, thus
heat flux was also improved across the membrane. Higher retentate flow rate from 120 mL/min

to 180 mL/min did not significantly change the TPC value.

108



0.50

= O 1000 sccm Q
ko) O 500 sccm
S 045 0
8 H o
o
S -
.g 0.40+ )
8 O
g o)
o 4
g 0354
@
[
£
@ 0304
= O
@)
0.25 T T T T T T T T 1
50 60 70 80 90
Temperature (°C)
(a)
0.50
= O 1000 sccm
@ O 500 sccm - O
o
& 045 O
= O
o]
o
c O
8
B i O
(NB 0.40 O @)
E O
o
(o
g 0.35
B p o
o] O
e
0.30
L
0251 . , . T . T : |
50 60 70 80 0
Temperature (°C)
(b)

Figure 5-17 Temperature polarization coefficient vs. temperature for PP membrane at different
sweep gas rates. (a) retentate flow rate at 180 mL/min; (b) retentate flow rate at 120
mL/min
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5.10. Swelling and Fouling Effects on Mass Transfer
Swelling effect of membranes, also known as membrane wetting is an important factor on
the operability of the membranes. If the liquid absorbent is water or aqueous solutions with
inorganic solutes, the liquid has a high surface tension and usually cannot wet the common
hydrophobic membranes such as PP and PTFE (Lawson & Lloyd, 1997). But the liquid surface
tension drops rapidly when a low concentration of the organic compounds is added (Lawson &
Lloyd, 1997). With the organic compound concentration exceed a critical point, the contact angle

will decrease to less than 90 and the liquid will wet the membrane surface and the pores.

Breakthrough pressure, also known as Liquid Entry Pressure of Water (LEPW), is the
minimum pressure for the water to overcome the hydrophobic force of the membrane and
penetrate the pores. LEPW is a function of the membrane properties, the liquid, and the reaction

between them, known as the Laplace (Cantor) equation (Alklaibi & Lior, 2005):

_ 2By, cos6

AP < LEPW

Tmax

Equation 5-8
Where B is a geometric factor determined by pore structure, y; is the liquid surface tension, 7,4
is the largest pore size, and @ is the liquid-solid contact angle. It was reported that the LEPW
would be 200-400 kPa (29- 58 psi) for 0.2 um pore size PTFE membranes and 100 kPa (14.5
psi) for 0.45 um pore size PTFE membranes (Cath et al., 2004; Garcia-Payo, lzquierdo-Gil, &
Fernandez-Pineda, 2000). If feed solution is flowing at high Reynolds numbers, pressure can
easily be over LEPW and results in solvent penetration into pores and slowing down the mass

transfer process.
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while the pores of Millipore membranes are relatively not uniformly distributed and have
irregular pore shape. It seemed that the non-woven fibers of smaller Millipore pore size
membranes were more compressed than the bigger pore ones. The observations were consistent

with the porosity and tortuosity estimation, as GE membranes appeared to have more straight

pores.

(] ol
9] M{LUL) 100um

c.Non-woven fabric surface of membrane PPs d.Non-woven fabric surface of membrane PP, ,

e.Non-woven fabric surface of membrane PPy ¢ f.Non-woven fabric surface of membrane PPs

Figure 6-4 SEM images of different membrane surface.
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Figure 6-7 TPC comparison of membranes with different pore size

The membranes were weighed before the experiment and immediately after used. Then it
was heated to 105 °C and weighed again by a moisture analyzer (Table 6-5). Mass comparison
was plotted in Figure 6-8. PPg 1, PPg22, PPo4s, PPog showed excellent hydrophobicity and stayed
almost non-wetted. PP;, and PP, started getting wetted during the run. PPso and PPy were
severely wetted, which most likely due to the liquid partial pressure exceeded the breakthrough
pressure for the PPsy and PP1go membranes. With the same membrane material, liquid solvent,
and the same operating parameters, the minimum pressure for the liquid to overcome the
hydrophobic force of the membrane and penetrate the pores is proportional to the reverse of the
largest membrane pore size as shown by Equation 5-8. Geometric factor B was assumed to be 1
for all membranes. The liquid-solid contact angle 6 was estimated to be 105°, which is a typical
value for polypropylene (Erbil, Demirel, Avci, & Mert, 2003). The liquid surface tension vy,
value of 73 mN.m™ was found from literature (Fu, Xu, Wang, & Chen, 2012). Nominal pore size
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was used as the ry,,4 to estimate the breakthrough pressure. The breakthrough pressure values of
membranes with different pore size were calculated using equation 5-8 and listed in Table 6-4.
The calculated data were in good agreement with published results for porous membrane made
of similar materials: e.g the breakthrough pressures were found to be 200-400 kPa (29- 58 psi)
for 0.2 um pore size PTFE membranes and 100 kPa (14.5 psi) for 0.45 um pore size PTFE

membranes (Cath et al., 2004; Garcia-Payo et al., 2000).

Table 6-4 The breakthrough pressure versus membrane pore size

Nominal pore size AP AP
(um) (Pa) (psig)
0.1 35.2x10* 51
0.22 16.0x10" 23
0.45 7.8x10* 11
0.6 5.9x10* 9
1.2 2.9x10* 4
2.5 1.4x10* 2
5.0 0.7x10° 1
10.0 0.35x10* 0.5

Table 6-5 The original membrane mass, mass as used and after dried

Nominal Original Mass as Mass after Mass as Mass after
pore size mass used dried used dried
(um) (9) (9) (9) (%) (%)
0.1 0.041 0.040 0.040 97.561 97.561
0.22 0.049 0.050 0.045 102.669 92.402
0.45 0.043 0.045 0.045 104.651 104.651
0.6 0.143 0.150 0.145 104.895 101.399
1.2 0.143 0.155 0.135 108.392 94.406
2.5 0.145 0.160 0.140 110.345 96.552
5.0 0.100 0.140 0.095 140.000 95.000
10.0 0.090 0.180 0.085 200.000 04.444
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Figure 6-8 Mass comparison of membranes with different pore size
The mass transfer coefficients were calculated under the assumption that all the porous
membranes are operated in non-wetted mode and the liquid side pressure is lower than the
breakthrough pressure. The pores may be considered totally filled with gas. The gas/liquid
interface is then located at the liquid side pore opening. The membrane mass transfer coefficient
(km), gas phase mass transfer coefficient (kg), and liquid phase mass transfer coefficient (k_) and
overall mass transfer coefficient (Ko_) were calculated using the mass transfer model discussed

in section 2.5 of Chapter 2 and listed in Table 6-6.
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Table 6-6 Summary of mass transfer coefficients for membranes with different pore size.

Membrane | k. (m-s?) [ kuy(m-s?) | ks (m-s?) | KoL (m-s?)
PPg.1 1.04x10* | 17.8x10° | 2.70x10° 1.48%x 10
PPg.2 1.04x10" | 23.1x10° | 2.70x10” 1.48%x 10
PPg.s 1.04x10" | 34.4x10° | 2.70x10° 1.49X 10"
PPos 1.04x10" | 4.04x10° | 2.70x10” 1.44X 10
PP, , 1.04x10" | 4.72x10° | 2.70x10° 1.44X 10"
PP, 5 1.04x10" | 4.85x10° | 2.70x10” 1.45%X 10
PPs 0 1.04x10* | 10.1x10° | 2.70x10° 1.47%10"
PP10,0 1.04x10" | 21.6x10° | 2.70x10” 1.48X10

The data in Table 6-6 were within the range of published value found in the literature.
For example, Hoff (Hoff, 2003) reported the membrane mass transfer coefficient (km) value of
PTFE hollow fiber membrane module with pore size 1-10 um used in his study for CO, capture
at 40 °C is 0.03 m/s. Khaisri et al.(Khaisri et al., 2011) reported the mass transfer coefficient
analysis results in desorption membrane contactors. The liquid layer mass transfer coefficient of

1.90 X 10 m/s; the membrane mass transfer coefficient of 4.97 X 10™* m/s; the gas mass transfer
coefficient 1.83X 107 m/s to 3.21X 10 m/s due to varying gas velocity; and the overall mass
transfer coefficient of 1.84 X 10™ m/s were reported. Simioni et al. reported overall mass transfer
coefficient range of 1.0X10™ m/s to 2.5X 10 m/s from temperature 60 °C to 100°C using PTFE
and PALL membranes stripping 30 wt% potassium carbonate. The value of 1.6 X 10 m/s was read

from the plot for both membranes operating at 80 °C (Simioni et al., 2011), which was pretty
close to our value regardless different solvent, membrane type, operating conditions and slightly

different mass transfer calculation method.
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Contribution of individual mass transfer resistance to overall resistance of membranes
with different pore size was listed in Table 6-7 and plotted in Figure 6-9. Majority of mass
transfer resistance is occurred in the liquid phase layer. It accounted for 90-93% of the overall
resistance, which is consistent with our previous mass transfer mechanism study results. Similar
results were found in many other literatures. Khaisri et al.(Khaisri et al., 2011) reported the
liquid phase mass transfer resistance was roughly 90% of the overall resistance. This result also
agreed with many membrane gas absorption studies for membrane contactors (deMontigny,
Tontiwachwuthikul, & Chakma, 2006; Khaisri, deMontigny, Tontiwachwuthikul, &
Jiraratananon, 2009). Hoff (Hoff, 2003) explained that the diffusivity of CO, was approximately

1.8X10° m?s in the N, gas and 1.3X10° m%s in the liquid (30 wt% aqueous MEA), which

indicated the mass transfer would then be limited by molecular diffusion through a liquid layer
with diffusivities 10000 times lower than in the gas. The gas resistance contribution was
calculated to be roughly 5-6% of the overall resistance, which was also in agreement of the
reported value of roughly 5-10% (deMontigny et al., 2006; Khaisri et al., 2009; Khaisri et al.,
2011; Simioni et al., 2011). Our previous parametric study also confirmed that gas velocity was
not a significant factor for this process. Membrane resistance contribution was found to be from
0.5% to 4%. Scrutinizing the values, PPq1, PPg22, PPoss (GE) membranes accounted for very
little resistance, much smaller than the rest membranes acquired from Millipore. The differences
were due to different pore size, porosity and tortuosity values. Physically, the differences of

membrane pore shape, surface morphology and support structures were visualized in Figure 6-4.
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Figure 6-9 Percentage comparison of individual mass transfer resistance to overall resistance for
membranes with different pore size

Table 6-7 Summary of percentage of individual resistance to overall resistance for membranes
with different pore size.

Membrane k. (%) km (%0) ks (%0)
PPo.1 93.3 0.9 5.8
PPo.22 93.5 0.7 5.8
PPo.4s 93.7 0.5 5.9
PPos 90.6 3.8 5.7
PP 911 3.3 5.7
PP2s 91.1 3.2 5.7
PPs.0 92.7 15 5.8
PP1o00 934 0.7 5.8

131



6.4. Chapter Conclusion

For the membrane pore size study, the membranes with best selectivity have been
identified. Membrane PPy¢ allowed substantial CO, flux and blocked liquid flux through the
membrane pores thus showed excellent selectivity and great potential for this application.
Membrane with pore size smaller than 2.5 um showed excellent hydrophobicity; and no wetting
and fouling was found during the run. Membranes with pore size of 5 um and 10 um were
wetted during the process. The mass transfer coefficients were calculated under the assumption
that all the porous membranes were operating in non-wetted mode. The results confirmed the
controlling mass transfer resistance was from the liquid phase layer, accounting for roughly
90%-93% of the overall mass transfer resistance. Membrane mass transfer resistance accounted
for roughly 0.5%-4% and gas phase mass transfer resistance contributed 5% to 6% of the overall

resistance, respectively.
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7. CONCLUSIONS

Membrane contactors were studied as an alternative format to conventional column
contactors for CO; regeneration from CO; loaded aqueous MEA solutions. An experimental
system with CO, absorption unit and regeneration unit based on membrane contactors was
designed; constructed and validated. This study appeared to be an early and unique one in this
field and successfully proved the concept of using polymeric membranes for CO; regeneration to

be technically possible.

7.1. Summary of Findings

The following are the highlights of research findings from this study:

e The capability of absorbing CO; and recovering CO; using a porous membrane
system in the experimental setup have been verified.

e Porous membranes of polypropylene (PP), polytetraflouroethylene (PTFE) were
able to strip CO, from an MEA solution with high selectivity.

e Cellulose acetate, PVDF, PES and nylon were found to be unsuitable for this
application without further modifications.

e Solvent temperature increase improved CO, flux through the membrane and thus
improved CO, recovery. However, higher solvent loss was also observed with

increased temperatures. Solvent temperature was confirmed to be a significant
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Appendix A Equipment List

A detailed list of equipment and materials is given below:

Equipment:

Membrane unit: Millipore 47mm Stainless Steel Membrane Holder XX4404700
Pump: Cole-Parmer digital gear pump, pumping speed 0- 330ml/min, £ 1ml/min
Two Cartridge heaters: Stainless steel construction, 3 feet leads, ¥ diameter, 8”
length, ¥4 NPT thread, 600 W from Omega engineering Inc.

Alternative heater: Low flow air process and liquid circulation heater AHPF-121,
120VAC, 1200W, stainless stain, outlet temperature up to 430 C, flow rate up to
15CFM, pressure up to 100 psi from Omega.

Heater controller: Cal controller 9400

Pressure transducer: Omega, 0-300psi, 5 VDC regulated input, 0-100mV output.
Pressure gauges: Omega 0-300psi, unknown origin

Thermocouple: 1/8”, 1/4” diameter, K type from Omega

Mass flow controller: Brooks 4800 series, CO; (0-10 SLPM), N (0-10 SLPM).
Swagelok tubing and fittings

Liquid and particulate filter: Parker coalescing filter (Cole Parmer)
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Data logger:

e National Instruments USB-9219 4-Channel Universal Analog Input Module

CO; analyzers:
e Li-cor 820 Non-Dispersive Infrared CO, analyzer, 0-20,000ppm, £ 1ppm

e Agilent 7850A GC- FID with methanizer, TCD

Computers and Software:
e Computer: Dell Precision T3200, Microsoft™ Windows 7
e Data acquisition: Labview™ software, version 2010 from National Instruments
e GC control and analysis: Chemstation, Agilent

e COjanalyzer: LI-820 v2.0.0

Materials:

e Ethanolamine, 99% ACS reagent 2.5L (Sigma- Aldrich)

e PTFE 47 mm membranes (Sartorius Stedim), pore size: 1.2 um

e Polyamide 47 mm membranes (Sartorius Stedim), pore size: 0.45 um

e Laminated Teflon 47 mm membranes (GE Water & Process Technologies), pore
size: 0.45 um

e Polyester (PETE) 47 mm membranes (GE Water & Process Technologies) pore
size: 0.4 um

e Polypropylene 47 mm membranes (GE Water & Process Technologies), pore

size: 0.4 um
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Cellulose Acetate 47 mm membranes (Advantec), pore size: 5.0 um
PES 47 mm membranes (Millipore), pore size: 0.22 pum;
PVDF 47 mm membranes (Millipore), pore size: 0.45 um;

Mixed Cellulose Ester 47 mm membranes (Advantec), pore size:5.0 pm;
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Appendix B Membrane Material Candidates
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Table 8-1 Membrane Material Candidates
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Table 8-1 Membrane Material Candidates continued
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Table 8-1 Membrane Material Candidates continued
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Table 8-1 Membrane Material Candidates continued
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Appendix C  Mass Transfer Coefficient Calculation

C.1. Physical Liquid Phase Mass Transfer Coefficient (k)
The CO; diffusivity in liquid phase can be determined by the following equation (Khaisri
etal., 2011):

Dco, H,0

)

D¢o, = Dy, 0(
Dn,0,1,0

Equation 8-1

T = 77°C = 350 K, Cyea = 15 Wt.% = 2.45 mol L™, a = 0.45 mol CO,/ mol amine, and Hp,0= 1
mPa-s

. —-2119 _2 —-2119 5 o1
D¢o, 0 = 2.35%x 10 exp( T ) = 2.35x%x10 exp( 350 ) = 5.5X10">cm*s
Equation 8-2
_2 —2371 _ —2371 s 2 g
Dn,o01,0 = 5.07 X 10 exp( > =5.07 X 10 exp( 350 ) = 5.8 Xx10"°cm*s

Equation 8-3

2371 — 93.4CMEA)

DNZO,MEA = (507 X 10_2 +8.65 X 10_3CMEA + 2.78 X 10_3C§4EA)eXp< T

—2371—-93.4 % 2.45)

= (5.07 x 1072 +8.65 x 1073 x 2.45 + 2.78 X 1073 X 2.452)exp( 350

= 5.3x10">cm?s™?!
Equation 8-4
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Dco, 1,0 . (55x107° _ _
DCOZ = DNZO (ﬁ =53x%x107°> W = 5.0 X 10" >cm?s~!
2Y,112

Equation 8-5

UMEA [21.1860 + 2373][«(0.010150 + 0.0093T — 2.2589) + 1]2. _
= exp =

HH,0 T2 B

UMEA = 1 mPa-s
Equation 8-6

vL = 120 mL/min = 120 cm®/[(0.25 inch/2) ?]/60 s = 6.3 cm s™
dh = 2.45 mm = 0.245 cm

L = 4.7 cm (The average liquid path approximate the diameter of the membrane)

[uny

1 1
D, divi\® 5.0 x 10" %cm?s ™! 0.245cm X 6.3 cms™1\3

B LD, ] 0.245 cm 5.0 X 10~5cm2s—1

=1.037x10?2cm-s 1 =1.037x10"*m-s~!

Equation 8-7

C.2. Physical Gas Phase Mass Transfer Coefficient (kg)
The CO; diffusivity in gas phase can be determined by the following equation (Khaisri et
al., 2011):

_0.001858T%/2[(1/Ma+1/Mp)] /2
o PoipQg

D¢

Equation 8-8

Parameters included can be calculated accordingly (Bird et al., 2006).

T=65°C=338K
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Ma =44, Mg =28, and P = 1 atm = 1.01325 bar
oap = 0.5(0, + o) = 0.5(4.634 + 3.764) =4.195 A
easlk=[(ealx)(eal)]M4 = [195.2 X 71.4]"* = 118 K

T=xTleap=338 K/118 K=2.8

Q. = 1.06036 4 0.19300 N 1.03587 4 1.76474
G ™ (T*)015610 exp(0.47635T*)  exp(1.52996T*)  exp(3.89411T*)

_ 106036 N 0.19300 N 1.03587 N 1.76474 — 097

~(2.8)015610 © exp(0.47635 x 2.8) = exp(1.52996 x 2.8) = exp(3.89411 x 2.8)
Equation 8-9

_0.001858T3/2[(1/M, + 1/Mg)]*/?  0.001858 x 338%/2[(1/44 + 1/28)]*/

¢ Po2,0¢ - 1 x 4.1952 x 0.97
= 0.164 cm?s!
Equation 8-10
kgdp

dnpve Ug
— 0023( )0.8( )0.33
D¢ e Dgp

Equation 8-11

Pmixture = 1.0101 kg-m™ = 102 g-cm™ (at 338 K, 1 atm)
Hmixture = 19X 10 Pa-s = 19X 10° g-cm™-s (at 338 K, 1 atm, and 1 Pa-s = 10 g-cm™-s)

Ve = 500 cm®-min™ = 500 cm®/[x(0.25 inch/2) %]/60 s = 26.25 cm-s™

D di. ov 0.8 0.33
kG:—Gxo.ozg(hp G) (”G)
Hg Dgp
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_ 0164 cm?*s™!
~ 0.245cm
0.245cm X 1073 g-cm™3 x 26.25cm - s~ ! 19%x10°g-cm™! .57t
X 0.023( — — — 0.8 — —
19%x10>g-cm™1.s71 0.164 cm?s~1 x 1073 g- cm
= 027cm-s1=27x103m-s?

_3)0.33

Equation 8-12

C.3.  Membrane Mass Transfer Coefficient (k)

Equation 8-13

Equation 8-14
where De is the combination of Knudsen and molecular diffusivity coefficient. Dy is the Knudsen

diffusivity coefficient, and Dg is the diffusivity of CO, in the gas phase (Khaisri et al., 2011).

Dg = 0.164 cm® s, T =0.5(77 +65) = 71°C = 344 K

, T
Dk s 4850 dpore M_A

For PPo 1, dpore = 0.5X0.1 um = 0.5X 10®° cm, £ = 0.76, t = 2.04, 5 = 0.1 mm = 0.01 cm,

T . 344 .
Dy = 4850 dpore [~ = 4850 X 0.5 X 107% cm X |- = 0.0678 cm®s
A

Equation 8-17

Equation 8-15

Equation 8-16
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— 1 — 1 — 2.1
De—1 =1 1 = 0.0479 cm*s

D, ' D; 0.0678 T 0.164

Equation 8-18

_ Deg 0.0479 cm?s™" x 0.76
M™ s — 2.04 % 0.01

=178cm-s71 =178 x10?m-s™?!
Equation 8-19

C.4. Enhancement Factor

The enhancement factor can be determined by equation as shown below (Khaisri et al.,

2011):

N (Dmeacoo-/Dco,) VKChiga
(1 + 2(Dmpacoo-/Dmea)y/KCeo,,1) (4/Ceo,.i + CEo,)

Equation 8-20

where C5z, and CCBOZare the bulk concentration of free MEA and CO,.
CBra = 2.45 mol/L

Céo, = 1.10 mol/L

Do, isthe CO, diffusivity in MEA solution.

Dco, = 5.0 X 10~ 5cm?s™?

Dmeacoo- and Dygaare diffusivity of carbamate and MEA.

DMEACOO_ =~ DMEA =53X% 10_5cm25_1
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K is the equilibrium constant

1 o
1-2«a

CCOz,e

Equation 8-21

Cco,e = Clo, = 1.10 mol/L, a = 0.45
K =18.4 L/mol
Assume Cco, e = Cco,e =~ Clo, = 1.10 mol/L

Therefore,

5.3 x 10~ °cm?s ! L
<5.0 X 10_5cmzs_1) 18.4 —— X 2.45 mol/L

E=1+ = 1.53

<1 + 2(1)\/18.4% x 1.1 mol/L) (+/1.1 mol/L + /1.1 mol/L)

Equation 8-22

C.5. Henry’s Constant

The Henry’s constant can be described as following equation(Khaisri et al., 2011):

Hco, H,0
H =H ——2 2
Co, NZO(HNZO,HZO)

Equation 8-23

The unit of Heo, is kPa-L-mol™

T=65°C=338K
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84
) = 3277 kPa-dm?3 - mol™?

84)—282X106 <
= 2. exp (3o

HCOZ,HZO = 2.82 X 106 eXp(

Equation 8-24

—2284

84
) = 9935 kPa-dm3 - mol™?

HNZO,HZO = 8.55 x 106 eXp( 338

) = 8.55 x 10° exp(

Equation 8-25

—1136.5

—1136.5)
T

HNZO,MEA = 1.207 X 105 exp( 238

) = 1.207 x 10° exp(

= 4188 kPa - dm3 - mol™?!
Equation 8-26
The two body interaction parameter for MEA and H,O is calculated as below, where @y g is

volume percentage of water.
A,0-mea = 4.793 — 7.44 X 1073T — 2.201dy
=4.793 —7.44 x 1073 x 338 — 2.201 x 0.85 = 0.32

Equation 8-27

The excess Henry’s constant is calculated as below:
HE = (DMEACDHZO)\HZO—MEA = 015 X 085 X 032 = 004’1

Equation 8-28

InHy,o = HF 4+ ®ypaHy, 0 pure Mea + Pu,0lnHy, 01,0
= 0.041 4+ 0.15 X In4188 + 0.85 X In9935 = 9.1

Equation 8-29
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Hy,o = 9092 kPa - dm? - mol ™!
Therefore,
H 3277
Hco, = Hy,0 <M> = 9092 (—) = 1381 kPa - dm? - mol~!
= 3000 kPa - dm3 - mol~! = 3000 kPa - L - mol~1!

Equation 8-30

The dimensionless H of CO, is

= 0.94

> R (8.314 kPa-L-K™1-mol~! x 338 K)

1
H= =
(Hcoz 3000 kPa - L - mol~1

Equation 8-31
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